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Stirred single-use bioreactors can be used as substitutes for their conventional
counterparts made of glass or stainless steel in the development and production of
biopharmaceuticals wherever possible. Various studies have confirmed their
comparability in cell growth as well as in product quantity and quality. However,
information about their engineering characteristics is still rare. This study focuses
on the stirred Mobiuss CellReady 3L bioreactor. The main engineering parameters
for typical operation conditions used in animal cell cultivations are presented for
the first time. Numerical simulations with a commercial CFD package (Fluent 6.3)
were accomplished to obtain data on the single- and multi-phase fluid flow, power
input, mixing time and oxygen mass transfer. The results, which were compared
with data from experiments and from the literature, reveal the suitability of the
Mobiuss CellReady 3L bioreactor for cell expansion and protein production with
animal cell cultures. Furthermore, the data enable comparisons with other singleuse and reusable cell culture bioreactors at bench-scale.
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1

Introduction

Stirred single-use (disposable) bioreactors, which have a flexible plastic cultivation vessel in contrast to their re-useable
counterparts made of glass or stainless steel, have been
commercially available since 2006. At that time, wave-mixed
bag bioreactors (e.g. Wave Bioreactor from GE Healthcare or
BioWave from Wavebiotech) dominated alongside wellknown, stirred standard cell culture bioreactors. The broad
acceptance of the wave systems can be explained by similar or
even better results in cell cultivations, higher process flexibility,
easy handling and reduced process costs [1]. Consequently,
many producers of biopharmaceuticals have replaced roller
and spinner flasks as well as stirred re-useable bioreactors for
cell production at small and medium volume scale by wavemixed systems, which were also established in process development and commercial vaccine productions [2]. However,
with the exception of cell expansion and processes with shear
sensitive cell cultures or foaming culture media, wave-mixed
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bag bioreactors are currently used less frequently than stirred
single-use bioreactors. Hence, it is not surprising that the
latter, which are available up to working volumes of 2 m3, are
the most commonly used single-use bioreactor systems today.
Normally, their cultivation container is equipped with disposable or standard sensors to guarantee optimal process
conditions for cell growth and product expression [3]. A
comprehensive current overview describing the commercially
available single-use bioreactors, their characteristics and
recommended applications are given by Eibl et al. [1].
Nowadays, there are five stirred single-use bag systems for pilot
and industrial scale (S.U.B.; BIOSTAT CultiBag STR; Nucleo
Bioreactor; XDR-DSTB, animal; XDR-DSTB, microbial) and three
laboratory-scale systems with rigid plastic vessels (Mobius CellReady 3L bioreactor, CelliGens BLU SUB, SuperSpinner D1000)
on the market. The introduction of the Mobiuss CellReady 3L
bioreactor in summer 2009 bridged the gap for stirred single-use
bioreactors between laboratory and pilot scale. This unbaffled
bioreactor has a rigid plastic cultivation vessel with a total volume
of 3 L, in which mixing is guaranteed by a marine impeller. A
micro-sparger is installed below the impeller for aeration.
For process development, comparability of single-use and
conventional cell culture bioreactors is essential, especially
when both systems have to be used side-by-side in hybrid
solutions. A need for single-use bioreactors with design and
set-up comparable to the reusable alternative is therefore
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evident. However, literature data on engineering characteristics
of single-use bioreactors are still rare and very few reports on
hydrodynamic characteristics and oxygen mass transfer in
stirred bag bioreactors (50 L, 200 L) can be found in the
literature [4–6]. The advantageous usage of computational
fluid dynamics (CFD) for the calculation of local and timedependent flow velocities, concentration and temperature
gradients as well as mixing intensities, shear stress and
energy dissipation in single-use bioreactors have been highlighted [7].
First results of CFD investigations and cultivations with
CHO suspension cells with the Mobiuss CellReady 3L bioreactor were recently presented [1]. In this paper, the latest
investigations of the Mobius CellReady’s engineering characteristics are described and compared with other single-use
and reusable cell culture bioreactors. The data presented can be
used to realize scale-up strategies. In the experiments, process
control was realized by ez-control (Applikon Biotechnology)
with standard probes for pH, DO and temperature. To investigate the fluid flow pattern and its influence on mixing and
oxygen mass transfer, simulations with a commercial CFD
package (Fluent 6.3) were carried out. The multiple reference
frame (MRF) method and a RANS approach were used to
describe stirrer rotation and fluid flow.

2

Modeling approach and computational
method

2.1

Single-phase modeling

For CFD modeling, the commercial CFD finite volume solver
Fluent (version 6.3, ANSYS) was used. The numerical technique is based on the subdivision of the fluid domain into a
finite number of control volumes and the discretization of the
time-averaged mass and momentum equations. This provides
algebraic equations that can be solved iteratively to render the
solution field [8].
The Reynolds-averaged conservation equation for mass and
momentum can be written as
@
1r  ðr  ~
uÞ ¼ 0
@t

ð1Þ

the turbulence parameter Cm as follows [10]:
k2
ð4Þ
e
The turbulence quantities are obtained by the following
transport equations:
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k
k
ð6Þ
mt ¼ r  Cm 

where the constants C1e, C2e, C3e, sk and se are equal to 1.42,
1.92, 0.45, 0.09, 1.0 and 1.3, respectively [11].

2.2

Multi-phase modeling

The multiphase simulations were carried out using the
Euler–Euler approach, which considers water as continuous
and air as the dispersed phase. The continuity equation for the
kth phase can be written as
@ðak  rk Þ
uk Þ ¼ 0
ð7Þ
1r  ðak  rk  ~
@t
where ~
uk is the phase velocity vector (k 5 L the liquid phase
and k 5 G the gas phase), rk is the phase density and ak is the
phase volume fraction. The phases are assumed to share space
in proportion to their volume, so that their phase volume
fractions sum to unity in the cell domain:
n
X

ak ¼ 1

ð8Þ

i¼1

The momentum conservation for multiphase flow is described
by extended Navier–Stokes equations which can be written as
@ðak  rk  ~
uk Þ
1r  ðak  rk  ~
uk  ~
uk Þ ¼ r  teff ;k  ak  rp
@t
~k
1ak  rk  ~
g 1F~k 1R
ð9Þ

@ðr  ~
uÞ
1r  ðr  ~
u~
uÞ ¼ rp1r  ðt Þ1~
g 1F~
ð2Þ
@t
where r is the fluid viscosity, ~
u is the velocity vector, p is the
static pressure and the terms r  ~
g and F~ denote the gravitational
and external body forces, respectively. The Reynolds stress
tensor t is described by the two-equation standard k–e
turbulence model, which is based on the Boussinesq hypothesis.
This model assumes that turbulence responds fairly rapidly to
changes in the mean flow, and thus relates the stress tensor t to
the mean velocity gradients as follows [9]:
2
t ¼ mt  ðr~
u1r~
uT Þ  r  k  d
ð3Þ
3
The eddy viscosity mt is calculated with the turbulent kinetic
energy k and the turbulent dissipation rate e with the help of
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The right-hand terms describe all the forces acting on the kth phase
fluid element in the fluid domain. In addition to viscous stresses,
the overall pressure gradient and gravitational force, interphase
~k have to be taken into account. The most
momentum forces R
important interphase force is the drag force which acts on the
bubbles resulting from the relative velocity between the two phases.
3
cD
uG  ~
uL j  ð~
uG  ~
uL Þ
F~drag ¼ rL  aL  aG   j~
4
dB

ð10Þ

The drag coefficient cD is calculated with the standard
correlation given by Schiller and Naumann[12]:
(
cD ¼

24ð110:15Rep0:687 Þ
;
Rep

0:44;

Rep  1000
Rep  1000

ð11Þ
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The particle Reynolds number Rep is defined as:
r j~
uG  ~
uL j  dB
Rep ¼ L
ZL

ð12Þ

Additionally, virtual mass F~vm was taken into account in this
study using the default treatment included in Fluent, which
can be written as [8]:


D~
uG D~
uL
~

ð13Þ
Fvm ¼ 0:5 rL  aG 
Dt
Dt
The term F~k in Eq. (9) represents the Coriolis and centrifugal
forces which are given for multi-phase flows by [13]:
~~
~  ðN
~ ~
uk  ak  rk  N
rÞ
F~k ¼ 2ak  rk  N

ð14Þ

The Reynolds stress tensor for the gas–liquid system in Eq. (9)
is calculated using the dispersed k–e turbulence model, as the
secondary phase is dilute and the primary phase is clearly
continuous. The dispersed k–e model predicts turbulence for
the continuous phase using the standard k–e turbulence model
supplemented with extra terms that include interphase
turbulent momentum transfer [8]. For the dispersed phase,
turbulence quantities are obtained using the Tchen theory of
dispersion of discrete particles by homogeneous turbulence
[8]. The turbulent liquid viscosity is calculated analogous to
the single-phase system using
mt;L ¼ rL  Cm 

k2L
eL

A previous grid sensitivity study had confirmed that the grids
used with 306 000, 492 000 and 588 000 cells for the different
fluid volumes show grid-independent results (data not shown).
The tank walls, the impeller and the probes were treated as
non-slip boundaries with standard wall functions. The stirrer
rotation was implemented using the MRF model, which is a good
compromise between physical accuracy and reasonable computational effort. In steady simulations convergence was assumed
when the residuals dropped below a value of 106, and for
transient cases a convergence criterion of 104 was chosen.
In multi-phase simulation, the higher order QUICK scheme
was chosen for mass and momentum conservation equations. For
pressure–velocity coupling the phase-coupled SIMPLE algorithm
was used [8]. The gas flow rate at the sparger was defined via inletvelocity boundary conditions with a gas volume fraction equal to
unity. The inlet bubble diameter was assumed to be uniform and a
value of 0.4 mm was defined, as observed in experiments. At the
fluid surface, only gas was allowed to escape from the vessel. To
reduce calculation time, single-phase flow field was used for
initialization of multi-phase transient calculation [13].

3

Experimental investigations of mixing
time and oxygen mass transfer

3.1

Bioreactor

ð15Þ

The transport equations for kL and eL are given as
@
ðr  aL  kL Þ1r  ðrL  aL  ~
u L  kL Þ
@t L 

m
¼ r  aL  t;L  rkL 1aL  GkL  aL  rL  eL 1aL  rL  kL
sk
ð16Þ
@
ðr  aL  eL Þ1r  ðrL  aL  ~
uL  eL Þ
@t L 

m
eL
¼ r  aL  t;L  reL 1aL   ðC1e  GkL  C2e  rL  eL Þ
sk
kL
1aL  rL  eL
ð17Þ
rate of turbulent kinetic
where GkL represents
Q the production
Q
energy. The terms
kL and
eL denote the influence of the
interphase interaction, which are modeled following Rizk and
Elgobashi [14]. All other parameters have the same meaning and
values as in the single-phase k–e turbulence model (see above).

2.3

361

The single-use Mobiuss CellReady bioreactor has a rigid
plastic tank with a dished bottom and a total volume of 3 L.
The diameter of the unbaffled vessel is 0.137 with an H/D ratio
of 1.82. Mixing is driven by a marine impeller with a diameter
equal to 1/2 the tank diameter and an off-bottom clearance of
0.028 m. For aeration, a microsparger (sintered polyethylene,
15–30 mm pore size) is installed below the impeller.

3.2

Mixing time analysis

Mixing time was defined as the time required to achieve 95%
homogeneity following addition of a tracer on the surface of the
liquid [17]. The tracer was 1 M sodium thiosulfate, which was
added instantaneously to a starchy iodine solution (10 g/L
starch) by pipette. The measurement was performed for working volumes of 1.5, 2.0 and 2.5 L under non-aerated conditions.
The agitation speed was varied at a range between 50 and
250 rpm, corresponding to tip speeds of 0.2 and 1 m/s, respectively. Each run was performed in triplicate. As the volume of
each addition (200 mL) was less than 0.05% of the total volume,
the effect on the volume change was negligible.

Numerical details and boundary conditions

Simulations were realized for working volumes of 1.5, 2.0 and
2.5 liters. In each case, a hybrid mesh was generated using the
preprocessor GAMBIT (version 2.4) as proposed by Naude et
al. [15] and by Lu et al. [16]. Owing to the complex geometry
and based on the accurate description of the impeller, the
bottom and impeller zone were divided into unstructured
tetrahedral cells. The bulk of the tank was meshed with
structured hexahedral cells to decrease the cost of calculation.

& 2011 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim

3.3

Oxygen mass transfer

The oxygen mass transfer coefficient kLa was determined using
a dynamic method described by Kerdouss et al. [13]. The
dissolved oxygen concentration was measured with a polarographic membrane oxygen probe (Mettler Toledo) and
monitored with a computer interface. The measurement was
taken in distilled water and in a 0.5 M Na2SO4 aqueous solu-
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where cO 2 is the saturation concentration given by Henry’s law:

represent a three-dimensional direction. Contrary to initial
expectations, the single-phase simulations reveal no clear axial
flow profile, but a dominance of the impeller’s radial component
for clockwise rotation. In this flow pattern the fluid is discharged
toward the vessel wall, where the impeller discharge is divided and
re-circulates in two flow loops per half of the vessel axially from
the top and bottom to the stirrer (see Fig. 1). Owing to the pitch
of the impeller blades, the impeller discharge is inclined toward
the surface of the fluid at circa 251. These results were qualitatively confirmed in experiments with the addition of small plastic
particles to the fluid and visual observation of the particle
trajectory (data not shown).
As expected, the highest fluid velocities are found in close
proximity to the impeller blades and correspond to the tip
speed, which is defined as


pO2 ¼ H  cO
2

utip ¼ p  NR  dR

tion at 201C, representing non-viscous coalescent and noncoalescent media, respectively. Aeration was varied in a range
from 0.05 to 0.25 vvm, corresponding to superficial gas velocities of 1.13 and 5.65  104 m/s.
The kLa was determined from dissolved oxygen concentration measured as a function of time when aeration was
turned on following complete oxygen removal by nitrogen.
Assuming that the gas phase is well mixed and the dissolved
oxygen concentration is uniform inside the liquid, the rate of
oxygen transfer can be described by the following equation:
OTR ¼

dcO2

¼ kL a  ðcO
 cO2 Þ
2
dt

ð18Þ

ð19Þ

By integration of Eq. 18 with cO2 ðt ¼ 0Þ ¼ cO2 ;0 , the
following equation is obtained:
!

cO
 cO2 ðtÞ
2
ln 
¼ kL a  t
ð20Þ
cO2  cO2 ; 0
The kLa can be obtained as the slope when the left-hand
side of Eq. (20) is plotted against time. The oxygen saturation
concentration for the sodium sulfate solution was calculated in
accordance with [18].

4

Results and discussion

4.1

Single-phase flow pattern

Figue 1 shows the flow pattern obtained at 2-L working volume.
It is worth noting that the fluid velocity vectors are projected on
the mid-tank plane for improved clearness, and therefore cannot

ð21Þ

The highest rotational speed of 250 rpm gives a tip speed of
0.997 m/s. In the simulation, the maximum fluid velocity was
0.989 m/s, which is very close to the theoretical value. The fluid
velocities in the lower part of the vessel (hohF/2) are primarily
between 0.1 and 0.4 m/s. In the upper part of the vessel,
considerably lower velocities with values below 10% of the tip
speed are obtained. Thus, it can be argued that the impeller only
has a small influence on this zone [19]. This effect is emphasized
by an increasing filling level, which results in longer mixing
times (see below). Xing et al. showed that inefficient mixing is
accompanied by a decrease in oxygen mass transfer, which can
induce oxygen concentration gradients in the case of bubble
aeration [20]. Furthermore, a small dead zone is found in the
inlet of the drain where the fluid velocities are nearly 0 m/s. In
cultivation experiments with Chinese hamster ovary (CHO)
suspension cells carried out in our laboratory, cell sedimentation
and accumulation were observed in this region. The viability of
these cells decreased significantly, which is probably the result of
an insufficient nutrient and oxygen supply.

4.2

Power input

The power input was estimated by CFD as the momentum
acting on the stirrer and the stirrer shaft, given by Eq. (22). In
this study, no experimental determination of power input was
carried out. Nevertheless, Lane and Koh and Patwardhan
demonstrated that CFD-predicted and measured power inputs
are in good agreement, the deviation being about 10% [21, 22]
PR ¼ 2p  MR  NR

ð22Þ

Depending on the working volume and stirrer speed, the
volume-specific power input P/V varies in a range between 0.26
and 38.3 W/m3 for 50 rpm (2.0 L) and 250 rpm (1.5 L) respectively. From the power input, the dimensionless power number
(also known as the Newton number, Ne) is calculated as
Figure 1. Fluid velocities in single-phase flow with 2.0 L working
volume at 150 rpm. Velocity profiles are shown normalized by
the tip speed as contour and vector plots for the x– y-plane.
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Ne ¼

PR
rL  NR3  dR5

ð23Þ
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CFD simulations revealed that above a critical Reynolds number
of RecritE104 a full turbulent flow pattern is achieved in which
the Newton number becomes constant with a value of 0.30.
Although dominance of the impeller’s radial component is
indicated by the CFD simulation, the power number is
comparable to typical axial pumping stirrers such as pitchedblade impellers or propeller stirrers as described by Liepe et al.
[23]. Furthermore, although it is well known that the power
number further decreases in unbaffled tanks as a result of a vortex
formation, this phenomenon was not taken into account in the
single-phase simulation. However, experimental determination of
the stirrer torque realized by Millipore also reveals a power
number of 0.31 for the investigated stirrer speeds (D. Kraus,
Millipore Corporation, November 2009, personal communication), which matches the above-mentioned value very closely.

4.3

Figure 2. Measured mixing times as a function of specific power
input predicted by CFD simulations. Experimental data are
compared with a correlation provided by Nienow [24].

Mixing time

Mixing experiments show decreasing mixing times with
increasing stirrer speeds. For 2.0 L working volume mixing times
of 54.7 and 7.0 s are measured with tip speeds of 0.2 and 1.0 m/s,
respectively. This is unsurprising because turbulence increases
with higher rotational speed, which results in a higher mixing
intensity [23, 24]. As already shown by the CFD simulations, the
fluid velocity in the upper part of the vessel is rather low and the
effect is more significant at higher filling levels. As a consequence,
the mixing time increases significantly with higher working
volumes due to the weakly mixed region near the liquid surface,
where color remained the longest in the mixing experiments.
Thus, with a tip speed of 0.2 m/s, the mixing time was 31.5 and
78.6 s for 1.5 and 2.5 L volume, respectively.
The mixing times measured can be correlated with the
specific power input P/V predicted by the CFD simulations as
suggested by Nienow [24]. Taking only cases with fully
turbulent conditions and filling heights of HF/DZ1 into
account, the following correlation was found:
t95% ¼ 26:54  ðP=VÞ0:36

ð24Þ

Based on turbulence theory, Nienow [24] suggests that the
mixing time should be independent of impeller type and
provides a correlation of the mixing time with the third radical
of the specific power input (P/V), which is valid for vessels
with H/D-ratios E1 and Re410 000 [24]. The exponent of
P/V found in this study is very close to the given value of 1/3
but, in order to achieve a defined mixing time, a higher specific
power input is required in the bioreactor investigated than the
correlation of Nienow [24], as shown in Fig. 2. Nevertheless,
the dimensionless mixing number cH (representing the
number of stirrer rotations required to achieve the desired
homogeneity) has a value of 3473.3 for fully turbulent
conditions. Thus, the marine impeller is within the performance range of conventional stirrers such as the Rushton
turbine or a 6  451 pitched-blade impeller, for which Liepe
et al. reported cH values of 24 and 30, respectively [23].
cH ¼ t95%  NR
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ð25Þ

In CFD simulations, it is assumed that the tracer has
identical fluid properties and does not influence the fluid flow
pattern [25–28]. It is well known that the RANS approach
underestimates the turbulent fluctuation of the flow field,
which results in failure to predict reasonable tracer response
curves [26, 28]. Nevertheless, good agreement between CFDpredicted and measured mixing times is usually achieved. In
Table 1, the CFD-predicted mixing times are summarized and
compared with the experimental data. In most cases, the
mixing time calculated lies between or close to the measurement tolerance. Higher differences are only observed for a
working volume of 1.5 L at 100 rpm and 2.5 L at 150 rpm.

4.4

Multiphase fluid flow pattern and gas
distribution

The fluid flow pattern for a rotational speed of 150 rpm
(equivalent to a tip speed of 0.6 m/s) and an aeration rate of
0.1 vvm is shown in Fig. 3. Owing to the low gassing rate, the
shape of the flow pattern is not profoundly affected by the gas
introduced. The dominance of the radial component is again
obvious and the highest fluid velocities are found at the
impeller tips. Small differences in fluid velocities between
aerated and non-aerated cases are obtained below the impeller,
because only low gas volume fractions (below 0.01%) are
present in this region. As expected, significant effects of the gas
introduced are detected near the gas inlet and in regions where
the gas rises, which suggests that the flow is controlled not only
by the impeller but also by the rising gas. In these regions, the
fluid velocities were up to five times higher than those of the
single-phase system and achieved values of 0.2 utip.
The spatial gas distribution is shown in Fig. 4. The greater
part of the gas rises with low dispersion as the disruptive forces
induced by the marine impeller rotation are insufficient to
overcome buoyancy. This result has been qualitatively
confirmed by visual observation, which revealed that the
bubbles rise in a relatively undisturbed way through a confined
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Table 1. Comparison of CFD-predicted mixing times with
experimental data. Measured values are given as mean values of
triplicates with the corresponding standard deviation
V (L)

1.5
1.5
1.5
1.5
2.0
2.0
2.0
2.0
2.0
2.0
2.5
2.5
2.5

NR (rpm)

100
150
200
250
75
100
120
150
200
250
100
150
200

P/V (W/m3)

2.4
8.0
19.0
37.0
0.8
1.8
3.1
6.0
14.2
27.8
1.4
11.4
22.2

t95% (s)
CFD

Experiment

12.9
7.0
4.8
3.9
33.4
22.3
17.1
11.8
9.3
8.8
29.5
21.7
15.6

14.970.9
7.371.2
4.870.2
3.470.2
N.D.
23.771.7
N.D.
12.470.2
8.670.7
7.070.4
27.071.8
17.571.1
13.671.6

N.D. – not determined.

Figure 4. Spatial gas distribution under aeration condition with
0.1 vvm and a rotational speed of 150 rpm. The iso-surface
represents a gas volume fraction of 0.05%.

Table 2. Results of the multi-phase simulations and comparison
of CFD predicted mass transfer coefficients with experimental
results for operation conditions investigated
NR
(rpm)

Figure 3. Fluid flow pattern under aeration condition with
0.1 vvm and a rotational speed of 150 rpm. The contour/vector
plot is shown at the x– y-plane.

region above the impeller near the impeller shaft. The overall
gas hold-up was highest at a stirrer speed of 200 rpm and an
aeration rate of 0.1 vvm with a value of 0.155% (see Table 2). It
is obvious that such small values cannot be observed experimentally from changes in the height of the liquid.

4.5
4.5.1

Oxygen mass transfer
Experimental results

It was observed in experiments that the bubble size in pure
water was significantly larger than in the salt solution. The
mean bubble size, which was obtained by photography, was
about 2.170.25 mm in pure water and 0.470.05 mm in the

& 2011 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim

100
100
150
150
200
200

QG
(vvm)

0.05
0.10
0.05
0.10
0.05
0.10

aG
(%)

0.092
0.142
0.144
0.145
0.144
0.155

a
(m1)

13.8
21.3
14.4
21.7
21.4
23.3

kLa (h1)

kL
(104 m/s)

1.88
2.05
2.19
2.32
2.46
2.59

CFD

Experiment

5.32
8.47
5.56
9.11
7.16
9.85

6.8
8.3
6.5
13.0
7.6
11.8

The symbols NR, QG, aG, a, kL and kLa represent the stirrer rotational
speed, the aeration rate, the overall gas hold-up, the volume averaged
gas–liquid surface area, the liquid mass transfer coefficient and the
overall oxygen mass transfer coefficient, respectively.

salt solution. Owing to the larger bubbles, which have higher
rising velocity due to their buoyancy force, the impeller was
not able to distribute the bubbles in the reactor when pure
water was used. Instead, the bubbles rose with little influence
from the impeller. As a result, the oxygen mass transfer
depends only on the aeration rate, but not on the stirrer speed
(data not shown). Furthermore, the bubble size determined in
Na2SO4 solution is more comparable with the bubble size
observed in culture media during cultivation experiments.
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Consequently, only results for oxygen mass transfer obtained
with non-coalescent media are presented below.
In Fig. 5, mass transfer coefficients measured with different
stirrer speeds are shown as a function of the aeration rate Q_ G
given as
FG
Q_ G ¼
VL

ð26Þ

where FG is the gas volume flow rate. Clearly, the oxygen mass
transfer depends on the aeration rate and the impeller speed, as
expected [29, 30]. The highest kLa value is 35.9 h1 for a
rotational speed of 0.8 m/s and an aeration rate of 0.25 vvm.
This value is slightly higher than results for the conventional
stirred glass bioreactor Biostat BPlus 2L equipped with a ring
sparger (Sartorius Stedim Biotech), for which kLa values up to
30 h1 were obtained in our laboratory. Typical kLa values in
animal cell cultures are in the range of 1 and 10 h1 [30, 31].
The higher kLa value for the single-use bioreactor can be
explained by the micro-sparger used producing smaller
bubbles than a ring sparger. Corresponding to the reports of
Zhang et al. and Nehring et al., micron-sized bubbles ensure
oxygen transfer rates of up to 100 h1 [32, 33]. However,
different authors have reported that smaller bubbles cause
greater cell damage than larger ones at the same volumetric air
flow rate due to higher local energy dissipation at bubble
rupture [34, 35]. Additionally, smaller bubbles lead to the
generation of more stable foam layers on the surface of the
liquid, and hence a higher demand for antifoam.
Based on the experimental results, an empirical model
was set up which gives a correlation between the impeller tip
speed utip (in m/s), aeration rate QG (in vvm) and the mass
transfer coefficient kLa (in h1) in the range of operation
investigated. The model approach is given by the following
equation:
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Good agreement is achieved between the statistical model
and experimental data with a correlation coefficient of
R2 5 0.97. Mass transfer is enhanced by increasing impeller tip
speed and aeration rate but, contrary to correlations given by
Linek et al., the influence of the aeration rate is more significant [36]. This can be explained by higher gas hold-ups being
achieved at higher aeration rates as the specific surface area
increases (see Eq. 28). Although the overall gas volume fraction
is also enhanced by higher impeller speed, the effect of the
aeration is more significant in the range of operation investigated, as also indicated by CFD simulations (see Table 2).

4.5.2

Numerical results

Using the CFD simulation, the volumetric mass transfer coefficient kLa is calculated as the product of the liquid mass transfer
coefficient kL and the specific surface area a. Assuming spherical
bubble shape, which is guaranteed up to a bubble diameter of
3 mm [37], the specific surface area a is calculated by:
a¼

6  aG
dB

ð28Þ

For the liquid mass transfer coefficient kL the following
correlation, which is based on Higbie’s penetration theory, is
given by Alves et al. [38]
 
pﬃﬃﬃﬃﬃﬃﬃﬃ L 0:25
kL ¼ C  DO2 
ð29Þ
L

ð27Þ

where DO2 is the diffusion coefficient (2.01  109 m2/s at 201C)
and C is a constant with a value of 0.4. The volume-averaged
values for the gas hold-up, the gas–liquid surface area, the liquid
mass transfer coefficient and the overall oxygen mass transfer
coefficient (see Table 2) were calculated according to [8]
Z
n
1
1 X
U ¼  UdV ¼ 
Ui  jVi j
ð30Þ
V
V i¼1

Figure 5. Experimental determined mass transfer coefficients in
sodium sulfate solution for various operation conditions. The
dots indicate measurements and the line plots represent the
regression model (Eq. 27).

where F, Vi and V represent the volume-averaged parameter,
the cell volume and the total domain volume, respectively.
The highest local kL values of up to 0.0023 m/s
(for 150 rpm) were found near the impeller and the gas inlet,
since the turbulence properties determining the surface
renewal time for liquid film around the bubbles have the
highest values in these regions. The overall kL values were
between 1.88  104 m/s and 2.59  104 m/s, depending on
the stirrer speed and aeration rate (see Table 2). Thus, bearing
in mind the heterogeneous spatial gas distribution, it can be
argued that oxygen mass transfer also greatly depends on the
location. Often this is only emphasized for large-scale bioreactors, but it also holds for bioreactors at laboratory scale.
Despite the assumption of a uniform bubble size, a
comparison between CFD-predicted and the overall mass
transfer coefficients measured shows good agreement
(see Table 2). The mean variance was calculated as about
20%. Only in the case of 200 rpm and 0.1 vvm higher differences of about 40% were obtained. At higher stirrer speed, the
turbulence inside the fluid is enhanced. Thus, a possible
explanation for the deviation in the predicted kLa values could

kL a ¼ 4:249  10:61  utip 160:0  QG 14:606  u2tip  161:7  Q2G 1160:4  utip  QG
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be seen in the basic drag correlation by Schiller and Naumann
[12], used in this work. This model only applies to bubbles
moving in a quiescent liquid and does not apply to bubbles
moving in turbulent liquid. Hence, modified drag laws that
take into account the effect of turbulence are more favorable. A
simple approach is the definition of a modified viscosity term
in the relative Reynolds number as [13]
Rep ¼

rL  dB  j~
uL  ~
uG j
mL 1ct  mt;L

ð31Þ

where mL is the laminar/molecular viscosity, mt,L is the
turbulent viscosity, and ct is a model parameter introduced
to account for the effect of the turbulence in reducing slip
velocity [39–41].
Furthermore, although bubble breakup phenomena are
emphasized by increased turbulence, they are not considered in
the CFD model presented. Various attempts to calculate bubble
size distribution inside stirred vessels using population balance
equations (PBE) are described in the literature [13, 39–43].
However, the computation using PBE becomes more complex
and time consuming because additional transport equations for
bubble size distribution are introduced into the simulation.

5

Concluding remarks

In this study, comprehensive experimental and numerical
investigations for the determination of engineering parameters
in the single-use Mobiuss CellReady 3L bioreactor are
presented. CFD simulations with a RANS approach and the
MRF method revealed no clear axial fluid flow pattern but the
dominance of the impeller’s radial component in single and
multi-phase flow. The CFD results show fully turbulent conditions above Reynolds numbers of circa 104, which correspond to
a tip speed of about 0.4 m/s. Under such flow conditions,
turbulent theory can be used to analyze the fluid mechanics in
the bioreactor and constant values of 0.3 and 34 were obtained
for the power number and dimensionless mixing time, respectively. These data indicate that the single-use marine impeller is
in the performance range of conventional stirrers such as the
Rushton turbine or pitched-blade impellers [23]. For the
operation conditions investigated, the specific power input lies
between 0.26 and 38.3 W/m3, which is in the order of typical
values given by Nienow[34] for cell culture bioreactors [34].
Multi-phase simulations with an Euler–Euler approach and
a two-phase k–e turbulence model revealed highly heterogeneous gas distribution and oxygen mass transfer. Although a
uniform bubble size was assumed, good agreement between
CFD-predicted and measured overall kLa were obtained.
Depending on the stirrer speed and the aeration rate, the
measured kLa were between 6.5 and 35 h1 in Newtonian
culture broths. Mobiuss CellReady’s determined kLa values
were slightly higher than results for the stirred Biostat BPlus 2L
(cell culture performance), the most frequently used re-usable
system in our lab. It is assumed that the higher values found in
the Mobiuss CellReady arise from the microsparger installed
in the single-use system, which produced smaller bubbles
(of about 0.4 mm in diameter in sodium sulfate solution)
compared with ring-sparger aeration systems.
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In summary, it can be argued that the stirred single-use
Mobiuss CellReady 3L bioreactor shows comparable engineering characteristics to conventional cell culture bioreactors
at bench-scale. Owing to the low mechanical stress, resulting
from low specific power input and sufficient oxygen transfer
capacity, the bioreactor is suitable for the cultivation of shearsensitive cells with low to medium oxygen demands. Thus, it is
not surprising that cell growth and protein production
experiments with CHO and Hi-5TM suspension cells realized
in our laboratory gained comparable results to those obtained
from its reusable counterparts. Moreover, the data clearly
indicate that the Mobiuss CellReady 3L bioreactor represents
a viable alternative to conventional cell culture bioreactors at
bench-scale.

Nomenclature
a
cD
cH

[m1]
[]
[]


cO
2

[kg/m3]

cO2

[kg/m3]

dR
dB
D
DO2
F
FG
g
h
H
k
kL
k La
MR
NR
Ne
OTR
p
pO2
PR
QG
Re
t95%
u
utip
vG
x, y, z

[m]
[m]
[m]
[m2/s]
[N]
[m3/s]
[9.81 m/s2]
[m]
[Pa kg1 m3]
[m2/s2]
[m/s]
[s1]
[N m]
[s1]
[]
[kmol m3 s1]
[Pa]
[Pa]
[W]
[vvm]
[]
(s)
[m/s]
[m/s]
[m/s]
[m]

Greek letters
a
[]
[]
dij
e
[m2/s3]
m
[Pa s]
r
[m/s]
t
[kg m1 s2]

specific interphase area
drag coefficient
mixing number (dimensionless mixing
time)
liquid phase dissolved oxygen saturation
concentration
dissolved oxygen concentration in liquid
phase
impeller diameter
bubble diameter
vessel diameter
oxygen diffusion coefficient
(external body) forces
gas flow rate
acceleration due to gravity
liquid height
Henry’s constant
turbulent kinetic energy
liquid mass transfer coefficient
specific oxygen mass transfer coefficient
stirrer moment
stirrer rotational speed
Power number (Newton number)
oxygen transfer rate
pressure
partial pressure of oxygen
impeller power input
aeration rate
Reynolds number
mixing time
velocity
impeller tip speed
superficial gas velocity
spatial coordinates
phase volume fraction
Kronecker’s symbol
turbulent dissipation rate
viscosity
density
stress tensor
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